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Abstract

Hydrogen generation from natural gas for driving proton exchange membrane fuel cells in residential small-scale combined heat and
power (CHP) applications is investigated by a series of computer simulations. Natural gas is converted into hydrogen either by the combined
oxidation–steam reforming, i.e. indirect partial oxidation mechanism on Pt-Ni catalyst or by the direct, one-step partial oxidation mechanism
on Pt monoliths. A water–gas shift converter and a catalytic selective carbon monoxide oxidation unit are used for reducing carbon monoxide
levels to a value which the anode of proton exchange membrane fuel cell (PEMFC) can tolerate. Unconverted hydrocarbons and hydrogen
rejected from the fuel cell are considered to be oxidized in a Pt catalyst packed afterburner in order to supply energy to the system. Reactor
simulations based on available kinetic data together with energy integration calculations indicate direct partial oxidation to give higher
hydrogen yields corresponding to increased electrical power outputs and elevated efficiencies. Indirect partial oxidation has the advantage
of operating simplicity, since the direct route runs only at millisecond level residence times and high temperatures. In both mechanisms,
water injection and energy integration are critical issues in adjusting product yields and in temperature control. The simulation outputs are
compared and validated by the results based on the thermodynamics of the pertinent mechanism.
© 2002 Elsevier Science B.V. All rights reserved.
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1. Introduction

The use of fuel cell technology offers significant im-
provements in clean and efficient power generation and is
an important alternative to conventional techniques. Fuel
cells with different features can be employed in various in-
dustries. Their utilization in mobile applications is of great
interest since the latest internal combustion engine technol-
ogy coupled with converters cannot completely eliminate
emissions, while fuel cell powered electrically driven ve-
hicles can run at zero-emission levels[1,2]. Apart from
vehicular facilities, small-scale combined heat and power
(CHP) generation based on fuel cells up to 250 kW seems to
be another emerging market for stationary applications such
as hospitals, computer data centers and residential use[2,3].

A variety of fuel cells operating with different fuels
and electrolytes are under investigation, but the proton ex-
change membrane fuel cell (PEMFC) fuelled by hydrogen
seems to be the most promising option for both vehicu-
lar and small-scale CHP facilities due to its compactness,
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modularity, high power density, energy efficiency and fast
response[3,4]. PEMFC operation requires the continuous
availability of hydrogen, whose storage, transportation and
availability are the major problems that will be encountered
when it is directly used as a fuel. Hence, attention has
been focused on the conversion of more readily available
hydrocarbon fuels to hydrogen.

Natural gas accounts for almost half the world’s feedstock
for hydrogen and has the lowest greenhouse effect in terms
of carbon dioxide emissions[5]. Since it is mainly composed
of methane, the number of hydrogen atoms per carbon atom
is close to 4:1, which is greater than those of higher hydro-
carbon fuels such as LPG and gasoline. Natural gas also has
a price advantage compared to other fossil fuels.

In this study, the possible use of natural gas as a fuel
for hydrogen generation in small-scale CHP applications
is investigated quantitatively. For this purpose, a mathe-
matical model is developed to describe the complete fuel
processor-fuel cell operation involving the partial oxida-
tion reactor, the water–gas shift (WGS) converter, the CO
cleanup unit, the fuel cell (PEMFC) and the catalytic af-
terburner unit. This model, based on kinetic data available
in the literature, is used to simulate operations specialized
for two different natural gas conversion mechanisms—
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Nomenclature

cp,i gas-phase heat capacity ofi (kJ kmol−1 K−1)
cpL ,H2O liquid phase heat capacity of water (kJ kmol−1 K−1)
FCH4

− molar flow rate of unconverted methane (kmol h−1)
FH2

− molar flow rate of hydrogen rejected from the fuel cell (kmol h−1)
FH2O+ molar flow rate of liquid water injected (kmol h−1)
Fi molar flow rate ofi (kmol h−1)
Fi ,ex molar flow rate ofi at the reactor exit (kmol h−1)
Fi,exab molar flow rate ofi at the afterburner exit (kmol h−1)
Fi,H2ox molar flow rate ofi after hydrogen oxidation within the afterburner (kmol h−1)
Fi ,j molar flow rate ofi consumed in reactionj (kmol h−1)
Fi,ox molar flow rate ofi after total methane oxidation within the partial oxidation reactor (kmol h−1)
h fraction of the recovered sensible heat from the partial oxidation reactor exit stream
hexab fraction of the recovered sensible heat from the afterburner exit stream
kj specific reaction rate of reactionj
KP,j equilibrium constant for reactionj
K ′

i adsorption/desorption equilibrium constant fori (atm−1)
Pi partial pressure ofi (atm)
q heat input-removal terms in the energy balance equations (kJ)
−rj rate of reactionj (kmol kgcat−1 h−1)
R gas constant (kJ kmol−1 K−1)
T temperature of the gas mixture (K)
Tex temperature of the gas mixture at the partial oxidation reactor exit (K)
Tex+ temperature of the gas mixture after the sensible heat recovery (K)
Texab temperature of the gas mixture at the afterburner exit (K)
Tf final temperature of the gas mixture after ethane or propane oxidation (K)
T

vap
H2O vaporization temperature of water (K)

TLO light-off temperature of methane (K)
Tmax maximum catalyst bed temperature within the partial oxidation reactor (K)
W catalyst weight (kg)

Greek letters

H

vap
H2O heat of vaporization of water (kJ kmol−1)


Hj molar enthalpy of reactionj (kJ kmol−1)

Hj,T molar enthalpy of reactionj at temperature T (kJ kmol−1)
νji stoichiometric coefficient ofi in reactionj
θ empirical constant

Superscripts
◦ standard conditions
vap vaporization

Subscripts
ex partial oxidation reactor exit
exab afterburner exit
f final
i component index
j reaction number
LO light-off
max maximum
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combined total oxidation (TOX)–steam reforming (SR), i.e.
indirect partial oxidation, and direct partial oxidation. The
results, validated by their thermodynamics-based counter-
parts, are expressed in terms of product yields as functions
of water/fuel and fuel/oxygen ratios at the inlet. The com-
parison of the two operations is based on their product
yields, their electrical power output efficiencies and their
operating characteristics.

2. Process considerations

2.1. Hydrogen production in fuel processing unit

2.1.1. Indirect partial oxidation
Methane, which is considered as the model hydrocarbon

for natural gas, can be converted to hydrogen on a bimetallic
Pt-Ni catalyst[6] by indirect partial oxidation, which is a
combination of TOX, SR and WGS reactions:

CH4 + 2O2 = CO2 + 2H2O,


H ◦
1 = −802.3 kJ/mol (1)

CH4 + H2O = CO+ 3H2, 
H ◦
2 = 206.2 kJ/mol (2)

CO+ H2O = CO2 + H2, 
H ◦
3 = −41.2 kJ/mol (3)

This operation, running in an adiabatically operating
fixed-bed reactor, is autothermal in character, i.e. heat and
part of the steam required by the endothermic SR is supplied
by the exothermic TOX. The catalyst, Pt-Ni/δ-Al2O3, can
safely operate at temperatures up to 1100 K, above which
thermal sintering is significant. Careful control of the bed
temperature is therefore required to prevent catalyst deacti-
vation due to sintering. In addition, coke formation is likely
to occur under SR conditions by several mechanisms[7],
but it can be eliminated by keeping the steam/carbon ratio
around 2.5[8]. This ratio is different from the water/methane
ratio which is related with the water and methane at the

Fig. 1. Fuel processor/fuel cell operation (a) location of water injection in indirect partial oxidation; (b) location of water injection in direct partial oxidation.

system inlet. The effect of TOX is taken into account in the
steam/carbon ratio, which is defined as follows:

steam/carbon ratio=
moles of water fed+ moles
of water produced by TOX

moles of methane fed− moles
of methane consumed in TOX

(4)

Steam produced by TOX is usually not sufficient to meet
the above requirements, and additional water should be fed
into the partial oxidation reactor (Fig. 1) to control the cata-
lyst bed temperature and to prevent carbon formation. This
will also change the WGS equilibrium in the direction of in-
creasing hydrogen yield and will remove an important por-
tion of the carbon monoxide which significantly deactivates
the Pt-based anode of the PEMFC. However, this reduction
in CO content is usually insufficient, and the use of a WGS
converter for further removal of CO is still required (Fig. 1).

Sulphur is present in natural gas in the form of simple
compounds such as H2S, COS, (C2H5)2S, which are usually
added to act as odorants[9]. However, their presence can
affect SR in indirect partial oxidation as well as the opera-
tion of other catalytic units by reducing the lifetime of the
pertinent catalysts[8,9]. In order to eliminate catalyst de-
activation, a sulphur trap, packed with a mixture of cobalt
and molybdenum oxides supported on alumina and ZnO
particles[9], can be placed in front of the natural gas feed
stream, as shown inFig. 1. The use of sulphur-free natural
gas is another solution which eliminates the requirement of a
sulphur trap.

2.1.1.1. Light-off temperatures. Light-off temperature is
defined as the value at which 10% of the oxidation conver-
sion of a hydrocarbon is obtained[10]. In order to trigger
the whole operation by initiating TOX, the catalyst bed
temperature should be raised to the light-off value of the
fuel of interest. This requires heat supply into the reactor,
the amount of which is inversely proportional to the reac-
tivity of the hydrocarbon. Methane is known to be a stable
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molecule with light-off temperatures between 589 and 724 K
depending on the hydrocarbon/air ratio[10]. However, nat-
ural gas also contains higher hydrocarbons such as ethane
and propane, which start oxidizing at temperatures around
480–515 K and 425–458 K, respectively[10]:

C2H6 + 3.5O2 = 2CO2 + 3H2O,


H ◦
5 = −1427.8 kJ/mol (5)

C3H8 + 5O2 = 3CO2 + 4H2O,


H ◦
6 = −2044.0 kJ/mol (6)

The relative amounts of ethane and propane in natural gas
are regionally dependent[11], but their presence ensures a
lower energy requirement and earlier initiation of oxidation,
which then helps in providing heat to sustain methane oxi-
dation.

2.1.2. Direct partial oxidation
An alternative route for catalytic hydrogen production is

direct partial oxidation (dry oxidation) and can be repre-
sented by the following reaction:

CH4 + 1
2O2 = CO+ 2H2, 
H ◦

7 = −35.7 kJ/mol (7)

Schmidt and co-workers[12] reported 80% methane
conversion on Pt-monoliths at temperatures around 1373 K
and at contact times between 10−4 and 10−2 s. Thus, in
contrast to indirect oxidation, mass transfer limitations are
much more significant than kinetics in the direct conversion
of methane[12]. These operating conditions do not allow
SR, WGS and carbon formation mechanisms, which require
much higher residence times to run.

In order to make use of the WGS reaction, a separate
WGS converter is placed after the partial oxidation reactor,
as shown inFig. 1. In this operation, water is injected at the
reactor exit, just after the sensible heat recovery of the hot
exit gas stream and before the WGS converter (Fig. 1). Wa-
ter addition adjusts the WGS equilibrium to reduce the CO
level to values suitable for the operation of the CO removal
unit and to increase the H2 yield. Moreover, water injection
further cools down the gas stream after heat recovery and
satisfies the low temperature requirements of the shift con-
verter, CO removal unit and the PEMFC.

2.2. Water–gas shift converter

The WGS converter is a separate fixed-bed reactor placed
after the hydrogen generator in order to remove CO from the
H2-rich stream. It is packed with Cu/ZnO catalyst and oper-
ates at relatively low temperatures around 473 K. In indirect
partial oxidation, WGS runs simultaneously with methane
SR and removes most of the CO produced by the latter re-
action. In dry oxidation, however, CO is a major product,
but can be removed significantly in a single shift conver-
sion when sufficient quantities of water are supplied. More-
over, energy integration allows temperature reduction down

to low-temperature shift ranges (ca. 473 K). Therefore, an-
other high temperature shift converter is not required in
either operation.

The WGS reaction is slightly exothermic and results in
temperature elevations. Therefore, a cooler is employed in
order to reduce the shift converter exit temperatures down
to the operating ranges of the selective CO oxidation unit
and the PEMFC.

2.3. CO removal unit

CO is a poison for the anode catalyst of the PEMFC, since
it strongly chemisorbs onto Pt and deactivates the catalyst
for the anode reaction (H2 oxidation). The Pt-based anode
catalyst can tolerate a maximum of 40 ppm CO[13], which
cannot be achieved by a single WGS converter. Hence, the
CO concentration within the hydrogen rich stream should
further be reduced by a separate operation. Moreover, this
removal operation should work efficiently at low tempera-
tures, since the PEMFC operates at a temperature range of
333–363 K.

Several methods such as selective oxidation of CO to
CO2, methanation of CO and the use of hydrogen diffu-
sion membranes are proposed to meet the above-mentioned
criteria [3,14]. During methanation, CO2 may be converted
along with CO, resulting in considerable H2 loss. The use
of Pd-based membranes requires high-pressure differentials
and high temperatures both of which can significantly re-
duce the overall efficiency. All these factors make the selec-
tive oxidation method the optimal option for CO removal.

Trimm and Önsan[14] have reported the details of selec-
tive CO oxidation at low temperatures, indicating a precious
metal based catalyst such as Pt to exhibit optimal perfor-
mance.

2.4. Fuel cell and afterburner unit

The PEMFC is the unit producing the desired electrical
power by converting the chemical energy stored within hy-
drogen into electricity. The PEMFC operation is represented
by the following reactions occurring on the Pt-based cath-
ode and anode at temperatures between 333 and 363 K[3]:

anode reaction : H2 = 2H+ + 2e− (8)

cathode reaction : 1
2O2 + 2H+ + 2e− = H2O (9)

The PEMFC rejects about 25% of the hydrogen that is
fed into it [13]. There is also some unconverted methane
within the gas mixture. These components—hydrogen and
methane—are oxidized in a separate, adiabatic afterburner
unit packed with a Pt-based catalyst to enable energy recov-
ery within the entire system and to exhaust a clean gas free
of hydrocarbons (Fig. 1):

H2 + 1
2O2 = H2O, 
H ◦

10 = −241.8 kJ/mol (10)

CH4 + 2O2 = CO2 + 2H2O, 
H ◦
1 = −802.3 kJ/mol
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Part of the sensible heat of the hot afterburner effluent
stream is then recovered for providing additional energy
to the feed stream in order to trigger the partial oxidation
conversion (Fig. 1).

2.5. Energy integration

In both indirect and direct partial oxidation mechanisms,
heat is required to overcome the low reactivity of methane,
to evaporate the extra liquid water fed into the system and
to sustain the H2-generating reactions (reactions 2 and 7).
On the other hand, the PEMFC, and hence, the CO re-
moval unit and the WGS converter operate at relatively low
temperatures. Hence, energy integration becomes vital for
optimizing these operations.

One energy source is the high sensible heat of the par-
tial oxidation reactor exit stream, which can be recovered
either by heat exchange with the cold inlet stream or by wa-
ter injection, as proposed in the direct route (Fig. 1). Such
energy recovery also helps in reducing the temperature of
the gas mixture to the fuel cell operating ranges. The hot
exit stream from the catalytic afterburner is another energy
source that contributes to the overall heat recovery of the
operation (Fig. 1).

3. Modeling and simulation of hydrogen production

In order to evaluate the product yields as functions of wa-
ter/methane and methane/oxygen ratios, computational al-
gorithms specific for the two partial oxidation mechanisms
are developed. In these algorithms, the aforementioned pro-
cess considerations are taken into account in the light of the
reaction kinetics. A methane feed of 1 kmol h−1 is taken as
basis in both systems.

3.1. Indirect partial oxidation

The iterative algorithm developed for indirect partial ox-
idation assumes that both the partial oxidation reactor and
the WGS converter operate adiabatically:

(a) TOX (reaction 1) is very fast compared with SR (reac-
tion 2) and WGS (reaction 3). Its effect is dictated by
the degree of conversion achieved. Hence, a conversion
value is assumed for the TOX. The methane/oxygen ra-
tios in the feed should be above the stoichiometric value
(0.5) in order to leave some methane for SR.

(b) A value is assumed for the amount of water fed into the
reactor, thus specifying the molar water/methane ratio
at the inlet.

(c) The product distribution at the reactor exit is calculated
by integrating the differential mole and energy balance
equations along 1 kg of catalyst weight and solving the
WGS equilibrium simultaneously, since the WGS reac-
tion is fast and catalyzed by Ni to equilibrium[8]. The

balance equations and the WGS equilibrium in the in-
direct partial oxidation unit are expressed as follows:

dFi

dW
=

∑
j

(νji)(−rji) (11)

dT

dW
=

∑
j (−
Hj)(−rj )∑

iFicp,i

(12)

At W = 0, Fi = Fi,ox, T = Tmax (13)

KP,3 = PCO2PH2

PCOPH2O
(14)

The kinetics of the methane SR is represented by the
rate expression proposed by Ma et. al[15]:

−r2 = k2P
0.96
CH4

P −0.17
H2O

1 + θP 0.25
H2

(15)

It is worth noting that the SR reaction running on a
Pt-Ni catalyst is much faster on Ni than on Pt[10,15].
Hence,Eq. (15), derived for Ni catalyzed reforming,
is taken to be sufficiently effective in simulating the
indirect conversion route.

(d) The product distribution at the exit of the shift converter
is determined using the following model equations in-
tegrated along 0.5 kg catalyst together with the rate ex-
pression describing the kinetics of the WGS reaction on
Cu/ZnO[16]:

dFi

dW
= (ν3i )(−r3i ) (16)

dT

dW
= (−
H3)(−r3)∑

iFicp,i

(17)

At W = 0, Fi = Fi,ex, T = 473 K (18)

−r3 = k3PCOPH2O[1 − (PCO2PH2)/(PCOPH2OKP,3)]

(1 + K ′
COPCO + K ′

H2OPH2O

+K ′
CO2

PCO2 + K ′
H2

PH2)
2

(19)

(e) The temperature at the exit of the catalytic afterburner,
Texab, is calculated from the following energy balance:

q1,1 = FH−
2

H10,353 (20)

q1,2 = FCH−
4

H1,TLO (21)

q1,3 =
∑

i

Fi,H2ox

∫ TLO

353
cp,i dT (22)

q1,4 =
∑

i

Fi,exab

∫ Texab

298
cp,i dT (23)

4∑
k=1

q1,k = 0 (24)
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The exit temperature from the PEMFC, which is taken
to be 353 K, is considered as the inlet temperature to the
afterburner unit. InEqs. (20)–(23), q1,1 andq1,2 are the
quantities of heat released by the total combustion of
hydrogen and methane, respectively. Hydrogen is easily
oxidized, but the temperature of the gas mixture should
be raised to the light-off value of methane (TLO = 589 K,
[10]) for its combustion. The quantity of heat required
for this purpose is represented byq1,3 within the energy
balance given inEq. (22). Finally, q1,4 corresponds to
the sensible heat of the gas mixture at the afterburner
exit.

(f) The amount of injected water assumed in step (b) is
checked by solving the energy balance around the partial
oxidation reactor given inEq. (32) for the maximum
catalyst bed temperature,Tmax:

q2,1 = FCH4,2
H2,Tmax (25)

q2,2 = FH2O+(cpL ,H2O(T
vap
H2O − 298) + 
H

vap
H2O) (26)

q2,3 =
∑

i

(Fi,ox)

∫ Tmax

TLO

cp,i dT (27)

q2,4 = FCH4,1
H1,TLO (28)

q2,5 = −h
∑

i

(Fi,ex)

∫ Tex

298
cp,i dT (29)

q2,6 = −hexab

∑
i

(Fi,exab)

∫ Texab

298
cp,i dT (30)

q2,7 = FCO,3
H3,Tex (31)

7∑
k=1

q2,k = 0 (32)

In Eqs. (25)–(31), q2,1 is the amount of heat required
by SR,q2,2 is the amount of heat required for evaporat-
ing the injected water,q2,3 is the amount of the energy
used by the reaction mixture for temperature rise after
TOX from TLO to Tmax, q2,4 is the amount of heat re-
leased by TOX,q2,5 andq2,6 are the amounts of sensi-
ble heat recovered from the reactor and afterburner exit
streams, respectively, and finally,q2,7 is the amount of
heat released by the WGS reaction. In the simulations,
the sensible heat recovery levels from the reactor and
afterburner exit streams are assumed to be 70%, i.e. the
coefficientsh and hexab in Eqs. (29) and (30), respec-
tively are taken to be equal to 0.7.

(g) Steps (b–f) are repeated until the amount of water fed
into the reactor, i.e. water/methane ratio, satisfying the
maximum bed temperature criterion (Tmax = 1100±
10 K) is obtained.

(h) The algorithm above is repeated for different values of
the TOX conversions to obtain product yields as func-
tions of methane/oxygen and water/methane ratios.

3.2. Direct partial oxidation

Since the kinetics of reaction (7) is fast, and external mass
transport resistances control the degree of product yield,
the reactor conditions and conversion values reported for
the direct oxidation of methane[12] are employed in the
algorithm below:

(a) The temperature at the reactor exit,Tex, is calculated
from the following energy balance:

FCH4,7 
H7,1373 =
∑

i

(Fi,ex)

∫ Tex

1373
cp,i dT (33)

(b) A value between 0.1 and 0.85 is assumed for the sen-
sible heat recovery from the reactor exit stream,h. The
temperature of the gas stream after the specified heat
recovery,Tex+, is calculated by solving the following
energy balance:

(1 − h)
∑

i

(Fi,ex)

∫ Tex

298
cp,i dT

=
∑

i

(Fi,ex)

∫ Tex+

298
cp,i dT (34)

(c) The inlet temperature to the low temperature WGS con-
verter is taken to be 473 K. Then, the amount of water
needed for reducing the temperature of the gas mixture
to 473 K,FH2O+, is evaluated using the energy balance
given inEq. (37):

q3,1 = FH2O+(cpL ,H2O(T
vap
H2O − 298) + 
H

vap
H2O) (35)

q3,2 =
∑

i

(Fi,ex)

∫ 473

Tex+
cp,i dT (36)

2∑
k=1

q3,k = 0 (37)

In Eqs. (35) and (36), q3,1 is the amount of heat re-
quired to vaporize the injected water andq3,2 is the
amount of energy lost from the gas stream after the wa-
ter injection, which will result in a final temperature of
473 K. Note that part of the sensible heat of the reactor
exit stream is recovered previously in step (b).

(d) The product distribution at the exit of the shift converter
is determined as explained in step (d) of the indirect
partial oxidation algorithm.

(e) The temperature at the afterburner exit is calculated as
explained in step (e) of the indirect partial oxidation
algorithm.

(f) Steps (b–e) are repeated for different values of the sen-
sible heat recovery to obtain product yields as a func-
tion of water/methane ratio. It is worth noting that the
methane/oxygen ratio at the inlet is fixed at the stoichio-
metric value for reaction (7)[12].
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3.3. Thermodynamic predictions

In order to check whether the results based on kinetic
data are within thermodynamic limits, the simulations are
repeated using the same algorithms above with the following
differences in respective steps:

• In indirect partial oxidation, a temperature rise occurs af-
ter methane light-off due to the high exothermicity of
the methane oxidation. The maximum allowable bed tem-
perature is 1100 K, which is controlled by water injec-
tion into the reactor. SR, which runs after TOX, is en-
dothermic, leading to a decrease in the bed temperature.
The hydrogen-rich effluent, whose composition is dic-
tated by SR and WGS equilibria[8,17], leaves the reactor
at a lower temperature. Therefore, solving methane SR
and WGS equilibria simultaneously at reactor exit condi-
tions (850 K, 1.5 atm) gives the product distribution at the
reactor effluent stream:

KP,2 = PCOP 3
H2

PCH4PH2O
(38)

KP,3 = PCO2PH2

PCOPH2O
(14)

Similarly, the product composition at the WGS con-
verter exit is determined by solvingEq. (14)at 473 K.

• Due to the dominance of mass transfer effects over kinet-
ics [12] in direct partial oxidation, the reactor operation
is considered to be the same as described inSection 3.2.
The major difference is the use ofEq. (14) instead of
Eqs. (16)–(18)for calculating the product yields at the
exit of the shift converter.

3.4. Effects of ethane and propane in natural gas

Ethane and propane, which are more reactive than
methane, contribute to the energy input of the operation by
their easier and earlier oxidation. This phenomenon, i.e.
temperature rises due to reactions (5) and (6) can be quan-
tified using the energy balance equations given below for
ethane and propane, respectively:

FC2H6,5 
H5,480 =
∑

i

(Fi,ox)

∫ Tf

480
cp,i dT (39)

FC3H8,6 
H6,425 =
∑

i

(Fi,ox)

∫ Tf

425
cp,i dT (40)

3.5. Numerical solution techniques

The equilibrium expressions,Eqs. (14) and (38), and
the energy balances,Eqs. (24), (32)-(34), (37), (39) and
(40), are nonlinear algebraic equations in character. A
Gauss–Newton based optimization routine is employed for

their mathematical solution. The differential mole and en-
ergy balances,Eqs. (11) and (12)and the WGS equilibrium,
Eq. (14), form a differential–algebraic equation set to be
solved simultaneously. For this purpose, a variable order,
stiff ordinary differential equation (ODE) solver based on
numerical differentiation formulas and the Gauss–Newton
based algebraic equation solver are employed interactively.
The same ODE solver is used in integrating the differential
set ofEqs. (16) and (17). The computer codes are prepared
using the MATLABTM environment and executed using an
IBM Netfinity M10 workstation.

4. Results and discussion

The simulation results of the indirect and the direct par-
tial oxidation of methane are given inFigs. 2 and 3, re-
spectively, and expressed in terms of product yields defined
as the number of moles of product obtained per mole of
methane fed into the system. The effects of water/methane
and methane/oxygen ratios at the inlet and of sensible heat
recovery levels on the product yields are indicated on the
pertinent plots.

4.1. Water injection

It was previously mentioned that the steam/carbon ra-
tio defined inEq. (4) should be kept above 2.5 to elimi-
nate carbon formation in the oxidation/SR case[8]. Table 1
demonstrates the values of TOX conversions, corresponding
methane/oxygen and steam/carbon ratios obtained without
water injection. The maximum value of the steam/carbon
ratio is found to be 1.77, indicating the requirement for an
external water supply into the system. It is worth noting that
the steam produced by TOX would be sufficient if a precious
metal catalyst such as Rh, which allows much less coke for-
mation in reforming, was used instead of Ni[14,18].

The selective oxidation unit can successfully reduce the
CO content down to 40 ppm, when a gas mixture with a
CO composition below 2 mol% is fed into it[13]. In the
direct oxidation route where methane conversion is taken to

Table 1
TOX conversion levels and related methane/air and steam/carbon ratios
leading to converged solutions in thermodynamically and kinetically con-
trolled cases in indirect partial oxidation

Kinetics Thermodynamics

TOX
conversion

CH4/air Steam/
carbon

TOX
conversion

CH4/air Steam/
carbon

0.25 0.53 0.67 0.10 1.33 0.22
0.27 0.49 0.74 0.13 1.02 0.30
0.31 0.43 0.90 0.16 0.83 0.38
0.33 0.40 0.99 0.20 0.66 0.50
0.36 0.37 1.13 0.25 0.53 0.67
0.47 0.28 1.77 0.30 0.44 0.86
– – – 0.35 0.38 1.08
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Fig. 2. (a) Effects of methane/oxygen (shown within the figure), and water/methane ratios at the system inlet on H2 yield (moles of H2 produced/mole
of methane fed) in indirect partial oxidation of methane, (b) effects of methane/oxygen (shown within the figure), and water/methane ratios at the system
inlet on CO yield (moles of CO produced/mole of methane fed) in indirect partial oxidation of methane (molar percentage of CO within the gas mixture
is shown within the figure in parenthesis).

be 80%[12], the mole fraction of CO at the reactor exit is
equal to ca. 0.2, which is ten times greater than the value that
the CO cleanup unit can tolerate (0.02). Therefore, external
water injection is required to eliminate coke formation and
to drive the WGS reaction for reducing CO levels in indirect
and direct conversion routes, respectively.

4.2. Product yields

Both thermodynamics and kinetics based H2 yields ob-
tained in indirect partial oxidation are found to have maxi-
mum values at certain water/methane and methane/oxygen
ratios (Fig. 2a). SR is endothermic and gives higher hydro-
gen yields at high temperatures generated by the TOX. The

more the methane is oxidized at lower methane/oxygen ra-
tios, the higher the bed temperatures. However, this leads to
lower amounts of methane reserved for SR, meaning lower
hydrogen yields. In the opposite case, where more methane
is reserved for reforming, hydrogen production is expected to
be lower, since oxidation is limited and bed temperature may
not be adequate to drive SR due to higher methane/oxygen
ratios. This characteristic feature of the indirect partial oxi-
dation leads to the existence of maxima in hydrogen yields.

In contrast with the indirect route, H2 yields given in
Fig. 3a for direct oxidation seem to flatten at their maxi-
mum values. H2 yields obtained in direct oxidation depend
on the degree of sensible heat recovery,h, at the reac-
tor exit, and hence, on the amount of water injected to
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Fig. 3. (a) Effects of sensible heat recovery,h (shown within the figure), and water/methane ratio at the system inlet on H2 yield (moles of H2

produced/mole of methane fed) in direct partial oxidation of methane, (b) effects of sensible heat recovery,h (shown within the figure), and water/methane
ratio at the system inlet on CO yield (moles of CO produced/mole of methane fed) in direct partial oxidation of methane (molar percentage of CO
within the gas mixture is shown within the figure in parenthesis).

cool the gas mixture for the shift conversion (Fig. 1). The
higher the heat recovery, the lower the amount of water
that needs to be injected. Therefore, at higher values of
h, i.e. lower water/methane ratios, water will be the lim-
iting reactant and H2 yields will increase with increasing
quantities of water (Fig. 3a). However, as the heat recovery
decreases, CO becomes the limiting reactant after certain
water/methane ratios (0.85 in thermodynamic case, 2.15
in kinetic case), and H2 yields reach their maximum value
and remain almost constant, since the amount of CO gener-
ated by the direct oxidation reaction is fixed (Fig. 3a). This
reasoning is also valid for the trend of CO yields given in
Fig. 3b.

In both indirect and direct partial oxidation, the amounts
of CO decrease with increasing water/methane ratios
(Figs. 2b and 3b). The WGS reaction, driven by the exter-

nally injected water to a great extent, is considered as the
major factor that reduces the CO yields.

4.3. Direct partial oxidation versus indirect
partial oxidation

The comparison of the two operations is based on product
yields obtained in the kinetically controlled cases, as well
as their electrical power production efficiencies, which is
defined as follows:

efficiency= actual PEMFC power obtained in kW

theoretical PEMFC output in kW
× 100

(41)

The theoretical PEMFC power in the denominator is dic-
tated by the maximum amount of hydrogen that could be
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expected from indirect and direct partial oxidation routes,
which are 4 mol of hydrogen via reactions 2 and 3, and
3 mol of hydrogen via reactions 3 and 7, respectively. How-
ever, only 75% of the hydrogen produced can be converted
into electrical power, since the PEMFC rejects ca. 25%
of the hydrogen fed into it[13]. Therefore, the theoreti-
cal output would correspond to 87 and 65 kW power for
oxidation/SR and direct oxidation routes, respectively, as-
suming that 1000 l H2 h−1 would correspond to 1 kW elec-
trical power [13], the PEMFC operates at 353 K and that
1 kmol h−1 of methane is fed into both systems.

An important point should be highlighted for the direct
conversion route. It was mentioned that the selective CO ox-
idation unit, which reduces the CO levels to less than 40 ppm
for the PEMFC operation, accepts a gas mixture with CO
content below 2 mol%[13]. This condition, corresponding
to a CO yield of ca. 0.1 mol CO/mol CH4, is only valid above
a water/methane ratio of 1.45 (Fig. 3b). In other words, the
actual operating region for direct partial oxidation is deter-
mined by water/methane ratios greater than 1.45.

The actual maximum H2 yield obtained in the direct
conversion mechanism (2.36 mol H2/mol CH4) at a wa-
ter/methane ratio of 2.49 is found to be higher than that
estimated for the indirect partial oxidation (2.02 mol H2/mol
CH4) at a water/methane ratio of 3.45 (Figs. 2a and 3a).
These H2 yields are equivalent to 51 and 44 kW power
output, respectively, and corresponding to 78% efficiency
for direct oxidation and 51% efficiency for oxidation/SR.
Although the theoretical power output is higher in the indi-
rect scheme, the direct route seems to be better in terms of
higher H2 yields and hence improved electrical power pro-
duction efficiencies. The improved conversion of methane
in direct oxidation (ca. 80% at 1373 K[12]) and the con-
version of most of the CO formed in reaction 7 to H2 in the
WGS converter via reaction 3 lead to hydrogen quantities
higher than those obtained in the indirect oxidation route in
which approximately 28% of the methane fed is lost during
TOX and conversion of remaining methane during SR is
found to be reported at around 70%[14]. The WGS effect,
i.e. conversion of the resulting CO into H2, exercised both
in the indirect partial oxidation reactor and in the shift con-
verter is insufficient in reaching H2 yields achieved in the
direct route.

The CO yield and the corresponding molar CO compo-
sition are found to be 0.11 mol CO/mol CH4 and 1.2 mol%
of CO, respectively at a water/methane ratio of 3.45 in in-
direct partial oxidation (Fig. 2b). These figures are equiv-
alent to 0.04 mol CO/mol CH4 and 0.66 mol% of CO at a
water/methane ratio of 2.49 in direct partial oxidation fol-
lowed by WGS conversion (Fig. 3b). These results indicate
that the direct route gives lower amounts of CO, requiring
reduced quantities of selective oxidation catalyst and hence
a more compact CO cleanup unit.

Although the direct partial oxidation method seems to be
promising in terms of the efficiency defined inEq. (41)and
in terms of CO yields, it has serious operational challenges

such as the requirement of high gas flow rates corresponding
to millisecond-level contact times, high operating tempera-
tures and the presence of near-explosive conditions[12] that
have to be overcome. These features are much more pro-
nounced during transient periods such as start up and shut
down operations which are exercised much less frequently
in residential CHP facilities. The direct route may therefore
be a promising fuel processing option for stationary appli-
cations. It is also worth noting that, a specific catalyst—Ru
supported on TiO2—is reported to exhibit an exceptional be-
havior in terms of catalyzing direct partial oxidation at rel-
atively lower temperatures (ca. 973–1073 K) and at longer
contact times[19].

The latter mechanism is also preferable from an energet-
ics point of view: it is found that a low sensible heat recov-
ery of around 10% from the mixture at reactor exit, together
with 30% heat recovery from the afterburner exit mixture,
is sufficient to raise the temperature of the fuel and air feed
stream (298 K) to 1373 K at which direct partial oxidation
takes place. Therefore, higher levels of sensible heat and
energy released from the afterburner can be used in applica-
tions such as central heating in addition to supplying elec-
trical power.

4.4. Thermodynamics versus kinetics

Thermodynamics-based H2 yields are presented together
with their kinetics-based counterparts inFigs. 2a and 3a
for indirect and direct partial oxidation mechanisms, respec-
tively. In both operations, the results based on kinetics are
within thermodynamic limit, as expected, verifying the ki-
netic data used in the simulations.

In order to drive the kinetics of the endothermic SR, a
higher amount of energy is required. This leads to elevated
TOX conversions in the kinetically controlled case, as shown
in Table 1, and to higher heat evolution within the catalyst
bed. Increased amounts of water are, therefore, injected into
the system for controlling the bed temperature at 1100 K, re-
sulting in greater water/methane ratios in the kinetics-based
simulation results (Fig. 2).

4.5. Mobile applications

The ease of operation and carried weight are issues that
are much more critical in mobile fuel cell applications. Al-
though direct oxidation is better in terms of power output
efficiency, simpler indirect partial oxidation route seems
to be the operation of choice for fuel conversion in hydro-
gen driven fuel cell vehicles, since the latter is much more
suitable for handling transient periods usually exercised in
mobile applications. However, if coupled with a natural
gas engine to drive the vehicle, the high-efficiency direct
oxidation based route can be integrated with a fuel cell
based auxiliary power unit (APU) to feed the peripherals
within a vehicle. Natural gas engines have good efficiency,
can follow driving dynamics and therefore can handle the
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transient periods in vehicular operation. Electrical power
demand for the peripherals is much less variable and can
easily be provided by a fuel cell based APU integrated with
a direct partial oxidation based hydrogen generation unit.

Although natural gas has the advantages of high H:C ra-
tio and lowest CO2 emissions, if used in vehicles, it will
require heavy gas storage cylinders, resulting in increased
carried weight and higher fuel consumption, and hence is
not recommended. An extensive study about the use of alter-
native hydrocarbon fuels in vehicular fuel cell applications
has previously been reported[20].

4.6. Ethane and propane in natural gas

In order to investigate the effects of ethane and propane
on the energetics of the reactor operation, a hypotheti-
cal natural gas composition with 95 mol% methane and
5% ethane or propane and a feed with water/fuel ratio of
2.5 are considered. Solution of energy balances (39) and
(40) gave temperature rises of 110 and 120 K in the gas
mixture after oxidation of residual ethane and propane, re-
spectively. These figures indicate that propane has a higher
contribution to the energy input of the operation, since its
molar heat of combustion (−2044 kJ) is greater than that
of ethane (−1428 kJ). The resulting energy input quantified
by these elevated temperatures leads to the easier oxidation
of methane, requiring temperatures greater than 589 K[10].

5. Conclusions

The use of natural gas (modeled as methane) as a fuel
for catalytic conversion to hydrogen in fuel processor-fuel
cell systems for small-scale stationary CHP applications is
investigated by a series of computer simulations. Two sys-
tems specialized for different fuel conversion operations—
combined TOX–SR (indirect partial oxidation) and one step,
dry oxidation (direct partial oxidation)—are of interest. In
both systems, water injection is found to be necessary for
product yield adjustment and temperature control. The indi-
rect partial oxidation mechanism seems to be the operation
of choice due to its practicality. The H2 yields, calculated
on the basis of kinetic data and verified by thermodynamics,
are found to be higher in the direct oxidation route, leading
to increased power outputs and efficiencies. The direct ox-
idation method, however, requires high temperatures, short
contact times and near explosive conditions, but it may be
exercised in stationary CHP applications in which start up
and shut down are less frequent. Earlier oxidation of the
ethane and/or propane present in natural gas increases the
gas mixture temperature, which may help in the reduction
of the energy demand for methane combustion.
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